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-          mtpa     (million tons per annum) 
-          SCFD   (Standard Cubic Feet per Day) 
-          SCMD  (Standard Cubic Meter per Day) 
-          TCF      (Trillion Cubic Feet) 
-          TCI       (Total Capital Investment) 
-          FCI       (Fixed Capital Investment) 
-          CF        (Cash Flow) 
-          LNG     (Liquefied Natural Gas) 
-          M$       (Million of Dollars) 
-          B$        (Billion of Dollars) 

 
 
 
 
 
 
 
 
 
 
 



Executive Summary 
 
The purpose of this project is to examine the economic feasibility of liquefying Bolivian natural 
gas and selling it to California; one of the largest natural gas markets in the neighboring 
countries to Bolivia. Bolivia ceases the second largest natural gas reserve in South America (53 
tcf) but it has a weak production rate of one bcfd. 40% of that production is consumed and the 
other 600mcfd is exported, which is equivalent to 4.5 mtpa.  After examining the political 
situation between Chile and Bolivia and after figuring the high cost of transporting LNG via 
pipelines to the closest beach (Peru) it was decided that the liquefying plant is going to be 
constructed in Lima (Peru) and from there the LNG will be shipped to California. This is done 
because Bolivia is a land lock and access to the Pacific Ocean should be found. 
 
Piping from Bolivia to Lima was investigated. A direct route from Santa Cruz to Lima over the 
Andes Mountains was avoided due to the costs associated with compression over the 4000 m 
average mountain range. The pipeline instead is directed through Cuzco where the average 
height of the Andes is only 1000 m. An optimization of the pipeline was undertaken to determine 
the diameter that minimizes the costs for the purchase of equipment. This cost was found to be 
$714 million for equipment, which equates to a TCI of $1.25 billion. 
 
The liquefying plant chosen for this process is the Conoco Phillips Optimized 2 in 1 cascade with 
a capacity of 4.5 mtpa. Each of the existing 3 MRP (Mixed Refrigerant Processes) is examined 
(APCI, Linde, DMR) with comparison to the Phillips Cascade. The Phillips Cascade reliability 
and lower capital cost is why it is chosen for this project. The over all compressor power needed 
for this process to liquefy the natural gas approximately equals to 282,000 hp. 
 
An economic evaluation of the project was conducted to determine the feasibility of the project. 
The TCI for the liquefaction process was determined to be $1.54 billion, with a first year 
operating cost of $1.8 billion. Additionally, risk analysis was conducted and the venture was 
found to have 90% chance of returning a negative NPW. This leads to believe that the project is 
not presently feasible due to high TCI and operating costs associated with the implementation of 
a transcontinental pipeline through the Andes. 

 
 



Introduction 
 
The purpose of the project is to examine the economical potential and business prospect of the 
liquefaction of Bolivian natural gas reserves and importing Liquefied Natural Gas “LNG” to the 
USA and Mexico. The composition of Bolivian natural gas shows that it is rich in methane and 
has a negligible percentage of CO2 which sets the Bolivian natural gas at a high quality with heat 
content (1,100 BTU/ft3) able to meet the North American and Mexican market standard which 
averages approximately around 1000 BTU/ft3. 

 

 
Figure 1: Composition of Bolivian Natural Gas 

 
In this report, first the LNG market is discussed in connection with the project objective, next the 
pipeline specifications needed to fit the process is discussed and finally the selection of the 
liquefaction process and its properties are explained. Based on the results of the liquefaction 
process, the shipping method and the number of ships needed were selected, along with choosing 
the location and the process of the re-gasification plant. Figure 2 a breakdown of the ranges of 
capital cost each sector of the process is expected to fall in according to industrial references, 

 

 
Figure 2:Overall Economic Comparison 

 
 
 
 
 
 



Market Analysis 
 
Bolivia is the second largest producer of natural gas in South America with estimated reserves of 
53 trillion cubic feet.  Bolivia has a production rate of 1000 million standard cubic feet a day 
(MScfd) of natural gas, yet a consumption rate of only about 20%25 of that value.  Consequently, 
with large reserves to production (R/P), as illustrate in Figure 3, Bolivian natural gas reserves 
have significant upside and economic potential for both Bolivia and the LNG market. 
 
In this section of the report reasons for producing LNG, as well as a market analysis of the sales 
of Bolivian natural gas to both Asian-Pacific and Western United States, will be discussed.  In 
addition, the impact of the decision to sale the LNG to California and Mexico and the related 
concerns about saturating the market with too much gas will be addressed. 
 

 
Figure 3:World’s Reserves to Production ratio[18] 

 
The use of natural gas has significantly increased recently because of the concern about the 
deleterious affects that emissions, from the burning of hydrocarbons, have on the environment.  
Natural gas produces 50% fewer emissions than that of oil and 85% less compared coal because 
it is rich with methane which is a light hydrocarbon with less emission when burned with 
comparison to heavy hydrocarbons[19].  With an increasing concern for environmental issues and 
global warming, countries and companies are turning to natural gas as an energy source. 
 
Current demand for natural gas is strongest in the Asian-Pacific.  Korea, Japan, and Taiwan are 
large importers of natural gas today.  With a projection for significant increase in demand for 
natural gas by China and India, combined with Korea, Japan, and Taiwan, Asia will be the 
largest market for natural gas by 2020 [20]. 
 
Transportation costs, however, substantially impact the return on investment.  Consequently, in 
an effort to maximize the ROI, other closer markets were selected, namely California and 
Mexico. 
 
Even if a plant were built with the capacity to deliver large amounts of LNG to Asia, the risk and 
cost associated with the longer transport would be greater compared to that of a closer market. 
This is particularly true when you consider that LNG ships boil off some of their cargo every 
day. Consequently, the Mexican and western United States markets are deemed the best target 
for the Bolivian LNG. 



 

California and Mexico 
LNG is attractive to the United States and the Mexican region for many reasons. 
 
North American natural gas reserves are depleting at a faster rate than the discovery rate.  Recent 
studies have shown that at the current consumption rate, natural gas reserves in the United States 
will be depleted within 14 years[20].  It is also obvious and well known that the US energy 
consumption rate is well beyond its production rate. So the US market need for energy sources is 
a fact and natural gas being the second biggest energy resource after crude oil makes LNG a 
good product. As seen in Figure 4, natural gas imports from Canada and Mexico are expected to 
decrease. In the other hand, the US is importing natural gas in the form of LNG to satisfy the 
shortage from its neighboring country especially when LNG is able to make the US reach further 
markets such as south America. 
 

 
Figure 4:Net US Imports of Natural Gas, 1990-2025[20] 

 
Mexico is another great market for LNG.  As seen in Figure 5, Mexico over the past 3 years has 
significantly increased its consumption rate and consequently has widen the gap between 
consumption and production. Figure 4 also shows that Mexico’s natural gas export to the United 
States is in the negatives after the year 1998 which means that the US is actually importing 
natural gas to Mexico. Part of this increase in demand also is due to Mexico’s expansion of their 
current electric generation capacity by 1.75[20].  Considering that the United States exports gas to 
Mexico and given that the current production of natural gas in the United States will be depleted 
within US for 14 years, Mexico must avert to other means of receiving natural gas. 
 



 
Figure 5:Mexico consumption vs. production of natural gas12 

 
An expected increase in world capacity is shown in Figure 6 below.  While Japan, Korea, and 
India, as stated earlier, presently are larger consumers, and will still be greater in total capacity in 
2012, their rate of increase is substantially less than that of the United States and Mexico. 
 

 
Figure 6: LNG Trade: Expected increase in capacity[20] 

 
The United States is not only interested in natural gas because of its economical advantages but 
also energy diversification.  The U.S. is particularly interested in LNG as a means to decrease the 
dependence on oil.  With recent concerns over terrorism and continued tensions in the Middle 
East, alternative sources to oil are readily being explored.  The government recently granted tax 
breaks and exemptions to many companies that explore means for reducing U.S. dependency on 
oil by producing alternative fuels. Furthermore, because of the potential for another energy crisis 
that could force brownouts and even blackouts, as well as gasoline shortages, California has 



opened the market for different sources of energy.  The United States has suggested that LNG is 
the key to diversifying their energy demand. 
 
Figure 7 shows GRI’s projections for the expected increase in gas demand by sector. 
 

 
Figure 7:Gas demand by sector from 1998 to 201516 

 

Concerns of Saturating Natural Gas to California 
With natural gas becoming a more popular energy source for the generation of electricity, and a 
potential means for easing our dependency on crude oil, demand for LNG has increased.  As a 
result, the prices of natural gas have also increased substantially over the past 3 years.  Figure 8 
compares the prices of crude oil, and natural gas in California from 1986 to present.  Current 
prices are at record highs and have yet to show any signs of weakening. 



 
Figure 8: Current Energy prices of Oil and Natural Gas11 

 
Because the LNG industry is relatively new and has larger initial capital investments compared 
to the oil industry, the time required for return on investment is substantially longer than oil 
projects.  As a result, natural gas projects need to secure long term contracts, on the order of 15 
years, to have comparable returns on investment to those of crude oil projects. 
 
Another concern in the natural gas industry is that the LNG market could easily become over-
saturated.  That is, the supply could surpass the demand for, or current capacity to use natural 
gas.  A saturated market would cause a dramatic drop in natural gas prices. The more drop in the 
prices of natural gas, the more time is needed to recover the capital investment of the project, and 
potentially leading to a negative return on investment. Table 1 shows how much natural gas the 
California market imports from different parts of North America 
 
 

Table 1: California Natural Gas imports by region17 

 2005 2006 
U.S. South West 49% 46% 
Canada 26% 24% 
Rockies 11% 17% 
Production 14% 13% 

 
 
An example of a saturated market is given in the Figure 9 below.  The horizontal line is the 
equivalency line between the California border and Henry Hub pricing which is the bench mark 
for wholesale natural gas prices across the United States.  Any values above this line mean that 
the California price is greater than the Henry Hub, and vice versa. 
 



 
Figure 9: Values taken from cost analysis after saturation on California gas markets 
 
The Jul 94 entry illustrates the affect of an expansion to the California market.  The PGT 
expansion added around 470 MScfd to the market.  Though there was a temporary stability in 
gas prices, the prices gradually decreased in response to over-supply until Nov 95 when the 
market price thumbed. By Mar 96 the California gas price was $1.50 below the Henry Hub.  
Even though prices did equilibrate near the $0.00 line by the end of 1996, for almost two years 
the prices remained below the equivalency line.  Therefore, not exceeding the market demand is 
crucial in maintaining higher gas values.  This again is especially important in the gas industry 
where prices are so critical on the outcome of the return on investment. 
 
However, due to Federal and State regulations, California is being forced to find alternative 
sources of energy for their coal and oil power plants.  Consequently, because natural gas offers a 
substantially cleaner source of energy, the concern for saturation of the energy market is 
somewhat mediated.  That is, because California must cleanup their environment by reducing 
emissions, they are willing to purchase LNG at the expense of the other energy sources.  
Therefore, because the United States is one of the fastest growing markets for LNG in the world, 
and a LNG is environmentally friendlier than coal and oil, California is an ideal market for LNG.  
Consequently natural gas will be pumped to power plants in Southern California. 
 

Pipeline Design 
 
A fair majority of the costs associated with this design include the implementation of a 
transcontinental pipeline from Santa Cruz to Lima through the Andes Mountains. Upon 



investigation of the Andes Mountain chain, they were found to have an average height near 4000 
m. In order to prevent the additional expenditure associated with compression due to the change 
in elevation, a pathway was selected that entered the mountain at the lowest elevation possible. 
The lowest point in the Andes was found to be in Cuzco, where the average elevation through the 
mountains is only 1000 m. 
The total length of pipe to be lain is described in the following table. 
 

Table 2: Pipeline distance 
Leg Distance (miles) 
Santa Cruz-Cusco 768 
Cuzco-Lima 228 
Total 996 

To make the pipeline as economical as possible, an optimization was performed to minimize the 
costs. Pro/II software was used in the optimization to calculate compressor work needed at the 
specified diameters. 
 

Optimization Procedure 
For each simulation a diameter was selected and compressors were placed at the entrance to the 
pipeline. The simulation was then run to determine where additional compressors were needed in 
order to overcome the pressure drop in the pipe. Compressors were added and the simulation was 
repeated until the solution was reached. Once the simulation converged on a reasonable solution, 
additional compressors, or outlet pressure to those already there, was increased to produce the 
desired outlet pressure of 800-900 psia required in the liquefaction facility. The following PFDs 
show the simulation design for two of the pipe diameters investigated. 

 
Figure 10: Pipeline PFD, 36 in ID 

 
Figure 11: Pipeline PFD, 48 in. ID 

 

Pipeline Costs 
In designing the optimal pipeline, costs must be taken into consideration. Prices for pipeline and 
compressors must then be estimated to determine the overall cost of the system. Compressors 
were estimated to be $2500 per hp. This is a fairly universal estimate for large scale compressor 
costs that was suggested by Professor Hubbard of the Petroleum Engineering Department. Costs 
for the pipeline were extrapolated from Peters and Timmerhaus. The following equation shows 
the costs associated with the pipeline on a foot basis. 
 



C = 2.115(D) – 1.7838 (1) 
 
Where D is the inner diameter and C is the cost per foot of pipe. 
The costs are illustrated in the following table. 
 
Table 3: System costs for varied pipe diameters 

 
 
The information in the table can then be graphed to determine a minimum in the cost curve. The 
following graph shows this information and displays the optimum diameter as well as the cost 
associated with purchasing the necessary equipment. 

 
Figure 12: Pipeline cost vs pipe diameter 

 
This chart shows that a minimum in the cost curve occurs at a diameter of 45.7 in. ID. The 
purchase cost of the system, including compressors and pipe segments, is $719 million. This cost 
does not include the installation of the pipeline. This additional charge will be discussed later in 
the economics section of this document. 
 

Pretreatment 
 
Before natural gas can be liquefied, it must be treated.  Treatment involves the removal of CO2, 
condensate, organic sulfur compounds, and Hg.  This is done to avoid blockage in the 
liquefaction process, prevent damage done to the equipments, and to meet the heat content 
standard of the natural gas which differs from country to the other. Heat content of the natural 



gas increases with the increase of C3 to C4 in the composition of the gas. Natural gas heat content 
standard in the United States averages around 1,036Btu/ft3 with a variation of 60± . The 
Bolivian natural gas heat content is believed to average around 1,100 BTU/ft3 so it falls in the 
US limits so no section in the pretreatment plant needs to be added to serve the purpose of 
meeting the heat content standard f the NG for the US market. The pretreatment equipment 
specification is dependent upon the inlet contaminant concentrations.  Therefore, because of 
minimal contaminants in the Bolivian natural gas, minimum treatment is necessary for 
preparation of the gas. 
 
The pretreatment process consists of four main stages. First, CO2 and H2S removal stage which 
is constructed to assure that CO2 would not exceed 50 ppm in the natural gas feed. If the 
composition of CO2 exceeded that limit it would freeze in the liquefaction process pipelines. 
This stage is directed more to CO2 removal since the Bolivian natural gas contains no sulfur in it. 
There are two available methods to remove CO2 from the natural gas. The first method is using 
sulfinol, which used to be one of the famous methods for gas CO2 removal in most industrial 
applications but it started to vanish and few pretreatment plants use sulfinol any more. The 
reason is that sulfinol does not work well with rich natural gas (rich with heavy hydrocarbons) 
because it tends to attract or attach to heavy hydrocarbons and then it drags the heavies to the 
sulfinol pump or circulation which leads to allowing the heavy hydrocarbons to vent into the air. 
That usually leads to a decrease in the quality and heat content of the natural gas in the feed and 
according to the new EPA (Environmental Protection Agency) rules heavy hydrocarbons can not 
be vented to the atmosphere because it would lead to an increase in the air pollution level in the 
surroundings significantly. So EPA regulations will be followed in Bolivia to serve ethics 
purposes. Another method to remove CO2 is using DEA (Diethyl Amine) but since DEA alone 
can not remove CO2 to a ppm (particle per million) level, it is activated by injecting a chemical 
called Piperzine which activates the DEA to MDEA (Methyl Diethyl Amine). MDEA is also 
used for this pretreatment stage versus sulfinol because MDEA is cheaper to install and it has 
less utility since it requires less rate of solvent circulation compared to sulfinol. Therefore, this 
pretreatment stage is named the amine wash section. 
 
The second stage is dehydration. Water is removed from the natural gas also to avoid freezing in 
the pipeline of the liquefaction process. The natural gas feed should be completely dry, even 
from the smallest traces of water molecules (<0.01Microgram/m3), before entering the heavy 
duty cooling section of the liquefaction process. TEG (Triethylene Glycol) is the primary solvent 
used in gas processing industry to dehydrate gases. Dry TEG contacts the moist natural gas and 
absorbs the water from it in a contactor tower. The tower contains a structured packing bed to 
maximize the mixing between the gas and TEG and to increase the contact time between the two 
substances. The TEG and water mixture is then sent to a TEG recycling system where TEG is 
separated from water by filtering then heating. The recycled TEG is then sent back to the 
contactor tower. Although TEG removes H2O significantly from the natural gas, small amount of 
water traces still escape this process; so to insure that these traces do not accompany the natural 
gas feed, molecular sieves are used to serve this purpose. In average, two sieves are needed for 
every train. Despite all of this, in some processes H2O in a molecular level still escapes with the 
natural gas in the feed. A third safety step is taken in the liquefaction process where molecules of 
water, which accompany the natural gas in the feed, are condensed and flashed in the stage of 
natural gas pre-cooling. This step will be explained in detail in the liquefaction section of this 
report. 
 



The third stage is the Hg removal. Although the Bolivian natural gas has no Hg in it, this step is 
still taken as a precaution since the natural gas feed might contain molecular amount of Hg 
which is enough to cause corrosion in the expensive Aluminum LNG heat exchangers used in the 
liquefaction process. 10 ng/m3 (nano gram per m3) is enough to cause such a catastrophe. The 
process of Hg removal is also inexpensive since the activated bed filter that is used in the Hg 
filtration is inexpensive and it is replaced on an average of once every four years. So having this 
stage in the pretreatment of the Bolivian natural gas eliminates the risk of having Hg traces in the 
natural gas feed that might ruin the expensive heat exchangers. 
 
The fourth and last step is the installation of a Duster in the Pretreatment process outlet to insure 
that the natural gas feed is free from small solid particles which might cause a clog in the pipes 
of the liquefaction process or damage the heat exchangers. The figure below shows the overall 
process flow. 
 
 
 

 
Figure 13:Pretreatment schematic 

 
 

Liquefaction 
 
This section will explain the choice of Conoco Phillips Cascade as the design of choice for this 
project. A brief description of the other three existing processes (APCI, Linde, DMR) will be 
also included in this section. Major factors impacting the choice of a liquefaction process will be 
discussed: 

1-Ambient conditions 

2- Capacity requirement 

3- Economies of scale 

4- Equipment and operating cost 



5- Overview (Description) of processes 

In addition, the advantages and disadvantages of the various designs for the plant will be 
discussed.  Finally, a selection section that would justify the use of ConocoPhillips as the 
liquefaction process will be presented. But first the concept and general theory of natural gas 
liquefaction stages that every liquefaction process follows is discussed. 

 

Concept and General Theory of Liquefying Natural Gas 
 
Natural Gas liquefaction is the major cost of most LNG processes. It costs an average between 
0.7B$ to 1.4 B$ as mentioned earlier in the introduction. After the natural gas has been 
pretreated and contaminants are removed, it is sent to a liquefaction process where the natural 
gas is pre-cooled and water traces and heavy hydrocarbons (C3 & C4) are knocked off the NG; 
then, the NG is transformed from a gas phase to a liquid phase and sub-cooled to level where the 
LNG could be stored at atmospheric pressure. Figure 14 shows the steps of natural gas 
transformation from one phase to the other, 
 
 

 
Figure 14: Natural gas liquefaction phases 

 
The natural gas usually enters the liquefaction process from pretreatment at about 100 F (point 
A) and it is cooled down to about 60 F by either air or water coolers (point B). Propane is usually 
used to cool the NG to about 40 F and this is where most of the water traces is condensed and 
knocked out of the NG by flashing (point C). Then the NG is cooled down to about -40 F (point 
D) and that is done mainly in the scrub column for mixed refrigerant processes or in the propane 
pre-cooling cycle for the Phillips Cascade. At this point is where most of the heavy hydrocarbons 

A 
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E 
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and NGLs (Natural Gas Liquids) are flashed and separated from the NG. Then the NG is cooled 
down to become completely liquid at -110 F (point E) and then it is sub cooled all the way to 
about -260 F (point F) to ensure that not more than 5% fuel gas would be generated when the 
LNG stream is flashed in order to reduce the pressure down to atmospheric pressure in order to 
store it. The fuel gas is mainly used as an energy source for the liquefaction process and rarely 
sold for profit. 
 
This phase changing process could also be explained on a LNG cooling curve generated for a 
liquefaction plant with a capacity of 4.5 mtpa. On the graph the amount of heat extracted (heat 
flow) from the NG to could be shown. 
 
 
 

 
Figure 15: LNG cooling curve 

 
 
On Figure 15 the marked points on the graph specify the same phase transformation stages 
mentioned in Figure 14 (Natural Gas Liquefaction Phases). The blue line in the graph above 
shows how NG behaves in an ideal liquefaction process. 
 



 
Figure 16:Phillips cascade LNG cooling curve 

 
The closer the refrigeration heating curve to the LNG cooling curve, the more efficient the 
process is. The area between the LNG cooling curve (orange line above) and the refrigeration 
heating curve (green line above) represents the amount of heat lost during the liquefaction 
process. The area above the refrigeration line represents the amount of work done by the system 
and the closer the lines are to each other the less work the system has to do. As seen from the two 
figures above, the area between the LNG curve and the process curve is smaller for the MR 
processes than for the pure refrigerant (Phillips cascade) and this indicates that the MR processes 
are more efficient when it comes to the work performed (less work) but other factors will 
actually show that the Phillips is much more efficient and suitable to Liquefy NG for Bolivia as 
it will be explained in the coming sections. 
 
 
The graph and equations (related to the graph) below proves that the area above the lng cooling 
curve represents work. 
 

 
Figure 17:Work done by the process 
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So the bigger the area between the starting temperature (Thigh) and the curve, the more work the 
system has to perform. 

Ambient Conditions 
 
The ambient air conditions in Lima, Peru seen in Table 3, range in annual temperatures from 60 
to 80 F, with no divergence above 80.  Air is used as a coolant in the processing of natural gas in 
the majority of current liquefaction plants to avoid environmental impact issues and so it is used 
in this ConocoPhillips liquefaction process. 
 
Table 4: Normal air temperature in Lima, Peru4 

Monthly Normal 
 Jan Feb Mar Apr May Jun July Aug Sep Oct Nov Dec 

High 
Temperature 
( F / C ) 

79 / 26 80 / 27 79 / 26 76 / 24 72 / 22 68 / 20 66 / 19 66 / 19 66 / 19 69 / 20 72 / 22 76 / 24 

Low 
Temperature 
( F / C ) 

67 / 19 68 / 20 67 / 20 64 / 18 62 / 16 60 / 16 59 / 15 59 / 15 59 / 15 60 / 16 62 / 17 65 / 18 

 
The few plants that use water as a coolant have done so because of high (T > 95 F) ambient 
temperatures, i.e. Egyptian LNG.  Though water cooling is more efficient, the use of water can 
greatly impact the surrounding environment.  A tremendous volume of half a million pounds/hr 
of water is required for pre-cooling.  In addition, prior to returning the water to its source, the 
water must be treated to remove potential contaminants and lower the water temperature to the 
ambient temperature.  Both the volume of water and the water treatment add to larger production 
costs in comparison to using air.  The downside of using air is that cooling temperatures are 
roughly 25-30 F higher than for that of water.  Peru, however, has moderate and stable ambient 
temperatures that range of 60 to 80 F. Consequently, the use of air is acceptable. 
 

Capacity Constraint 
 
The second criterion for selection of liquefaction process is the capacity requirements. Capacity 
is the maximum amount of LNG that can be produced in a year. 
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Table 5: Capacities of current and future LNG trains1 

 
 
As seen in the above Table 4, production of LNG currently range from 0.4 to 3.3 MMmtpa.  
Since the strong push for LNG in the 1970s, many companies have acquired patents and licenses 
for different liquefaction processes.  These companies, Linde, Shell, and APCI to name a few 
have optimized their processes to produce more LNG per train.  These new technologies claim 
the ability to produce volumes in the upper end of 8 to 9 MMmtpa [5].  The advantage about the 
Conoco Phillips Cascade is it could be scaled up by adding more trains to whatever production 
limit is needed and it also could be scaled down to as low as 3 mtpa. While most the mixed 
refrigerant processes could be scaled up to a certain limit (8 to 9 MMmtpa) and could not go 
lower than 5 MMmtpa. 
 

Economies of Scale 
 
Designing a large plant and then running it far below the capacity rates is a waste of investment 
and potentially could result in greater maintenance issues.  Economies of scale means 
maximizing profit based on fixed capital investment.  While newer technologies have greater 
efficiencies in processing of natural gas, in order to fully take advantage of their economies of 
scale production must be maintained near capacity [6].  Since production level is based on what 
the market will support, if demand goes down, so would production.  Likewise, if production of 
LNG is greater than the demand, the sale price will weaken and production rates must be 
decreased which leads to further waste of the capital investments.  Therefore, the selection of the 
technical method is concerned with capacity and stability but it is more concerned with 
maximizing profit based on market demand. 
 
Some people might say that running the plant, with the newer technology, substantially below 
the capacity rating is not an issue.  However, two issues must be considered: wasted capital 
outlay and maintenance issues.  Wasted capital should be avoided at all cost regardless of the 
project, unless money is no object.  It is like the old saying, “Why bring a tank to a turkey 
shoot?”  That fire-power would be wasted and probably inefficient.  The maintenance issue, as 
well, is a concern. Remember that the newer technologies have yet to be proven.  Thus the larger 



trains are expected to have greater maintenance issues.  More maintenance means loss of money 
and lowered production.  Also, the newer technologies will have larger compressors.  For the 
near future, only a few companies will be able to, repair and maintain the equipment, which 
means their service will come at a premium price. 
 

Equipment and operating cost: 
 
Operating and equipment cost for the liquefying processes are in close proximity. The equipment 
cost range between 0.7 to 1.4 B$ and the operating cost lies between 0.35 to 0.7 B$/yr. Mixed 
refrigerant processes are put together in one category because they are almost similar in the 
overall process and cost but each one has a different modification that suits the conditions that it 
was built to suit (Built for different regions) as this will be discussed in the overview section. 
 
Table 6: Relative operating costs 
 Equipment Cost (B$) Operating Cost 

(B$/yr) 
Conoco Phillips Cascade 0.7  - 1.4 (2 in 1 train) 0.5 - 0.7 
Mixed Refrigerant Processes (MRP) 0.8 - 1.8 0.35 - 0.5 
 
 
The mixed refrigerant processes rank the highest in equipment cost but the lowest in operating 
cost and vice versa for the Conoco Phillips Cascade. The reason for that is the Conoco Phillips 
Cascade consists of several average sized equipments (heat exchangers and compressors) which 
make the equipments cost less but the maintenance and operating and maintenance cost higher. 
While the mixed refrigerant processes consist of one big heat exchanger tower, massive 
compressors and propane chillers which raise the equipment cost and reduces the operating cost. 
The operating cost is lower in the MRP due to two reasons, the first is having a large heat 
exchanger tower which leads to the reduction in ambient heat loss since all the heat exchanging 
process takes place in the tower rather in separate heat exchangers (as in the Conoco Phillips). 
The second reason is the MRP requires less work due to having one large compressor with a heat 
exchanging tower which is more efficient than having many compressors running for each loop. 
Having many compressors in each loop results in more frictional and head loss which requires 
more work by the compressors. 
 
Total Compressor Work (hp) 
Conoco Phillips Cascade ~340,000 
MRP ~200,000 
 
 
An exact figure for the equipment cost can not be found because of the difficulty of getting 
prices of the advanced heat exchangers and compressors used by each process. So the estimation 
of costs released by the companies using such processes is used to justify the selection of the 
liquefying process. 
 



Overview of liquefaction process 
 
Liquefaction of natural gas involves the transfer of energy from the hot stream of natural gas to 
the cold stream of the refrigerant via LNG heat exchangers in order to change the phase of 
natural gas from vapor to liquid. The liquefaction process liquefies the gas into a liquid by 
cooling the natural gas to –162 C and subsequently reduces the gas volume to 1/600th of the 
initial volume.  The liquefied natural gas is then pumped into a vessel and shipped to its 
destination. 
 
The liquefaction process starts after the inlet gas has been pretreated. The inlet gas enters at high 
pressures (around 800 psia) from the upstream production site, in this case Bolivia. For most 
LNG plants, the entire liquefaction process consumes about 10% of the feed gas as energy while 
liquefying the gas [6]. 
 

APCI 
As seen in Table 4, APCI (Air Products and Chemicals Inc.) and also called Propane Pre-cooled 
Mixed Refrigerant Process (PPMR). currently holds 88% of the liquefaction plants on the market 
today.  They currently produced 107.5 mtpa of LNG with 53 trains in operation.  Their 
technology uses a three stage refrigerant cooling powered by two 85 MW Frame 7 compressors.  
The first stage is a pre- propane cooling stage that cools the mixed refrigerant and inlet treated 
gas to around –35 F.  The next two cooling stages, held in a heat exchanger tower, use mixed 
refrigerants (MR) of about 27% methane, 50% ethane, 20% propane, 2% Butane ,and 
1%nitrogen to cool and condense the natural gas.  Below is a process flow diagram of the overall 
process. 
 
 
 
 
 
 



 
Figure 18: APCI process schematic7 

 
Propane chillers chills the gas during pre-treatment and after through use of these propane 
chillers.  As seen in figure 12 a flash tank is used to separate the mixed refrigerant to a heavy 
coolant (bottom/red stream) and a lighter coolant (top/green stream). The heavy coolant 
(propane, butane, and some ethane) takes care of the cooling in the warm bundle (bottom part) of 
the heat exchanger tower which cools down the natural gas stream (blue stream) to about -50 oC 
and then the light coolant is sprayed back on the streams of the warm bundle via valves to insure 
that the refrigerant cooled the natural gas stream to the maximum point possible for this mix. The 
light coolant (methane, ethane and nitrogen) cools down the natural gas stream to -160 oC in the 
cold bundle and this temperature is the point where natural gas is converted to LNG. Similarly to 
the warm bundle, the light coolant is then sprayed on the streams in the cold bundle of the heat 
exchanger tower and then mixed with the sprayed heavy coolant in the warm bundle and then 
compressed; that is the end of the cooling cycle. The liquid coming out of the top of the heat 
exchanger tower is then separated via flash tank to LNG (bottom stream) and light fuel (top 
stream) which is later sent for fractionation in another sector. 
 
The overall process requires around 200,000 hp out of the three Frame 7 compressors and the 
heat exchangers in the tower are Spiral Wound Heat Exchangers (SWHE). SWH heat exchanger 
is more flexible and easier to control and it could handle heavy and efficient heat exchanging 
process, like the liquefaction process, via one big heat exchanger. The MCHE consists of two or 
three tube bundles arranged in a vertical shell with the process gas and refrigerants entering the 
tubes at the bottom which then flow upward under pressure. The overall maximum is 5.0 
MMmtpa but it can not go less than 4 MMmtpa. APCI has invented their X technology.  APCI-X 
uses nitrogen for the third refrigerant loop instead of MR to cool down the natural gas.  The 
addition of nitrogen to the loop takes some of the compression work off of the propane pre-
cooling compressor allowing for increased production.  However, while APCI plans on 
implementing the new technology, production of LNG by APCI-X is not expected for a few 
years. 
 
While APCI controls the majority of liquefaction plants in operation today, their older designs 
have limitations and potential areas for concern.  As stated earlier, APCI uses Frame 7 
compressors with a rating of about 85 MW.  Being so large, Frame 7 compressors only have one 
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vendor that makes them, GE and ultimately one company who knows anything about them.  
Therefore, GE sets the price at which they sell the Frame 7 compressors and that sets the 
equipment cost to be so high due to its monopoly.  Additionally, the use of large compressors 
raises reliability concerns.  If one compressor goes down, production halts until the problem is 
fixed. Another disadvantage of having a large compressor is that it is only sufficient for large 
flow and it can not handle low flow rates (less than 1000 BCFD). Same goes to the heat 
exchanger tower, SWHE are manufactured by Linde only and it ceases its monopoly. If any clog 
or freezing occurs in one of the heat exchanging streams then the whole process is stopped until 
the problem is fixed. That generates a high risk for the LNG production rate for the liquefaction 
process. 
 

DMR 
DMR (Dual Mixed Refrigerant) is very similar to the APCI liquefaction process. The process 
capacity is about 4.5 MMmtpa and there is only one DMR train in operation. The location of this 
train is in Sakhalin Island in Russia. 
 

 
Figure 19: Duel mixed refrigerant flow diagram 

 
 
 
As seen in Figure 19, the natural gas stream (red stream) is cooled via two stages. The first stage, 
which is the left column, cools the natural gas to -50 oC while the second column cools the 
natural gas to LNG at -160 oC. The composition of the pre-coolant cycle is 50/50 of 
Ehtane/Propane on molar basis and the coolant composition of the cooling cycle is similar to the 
composition of APCI (stated in the APCI section) and that is why it is called the Dual Mixed 
Refrigerant process (due to having two different refrigerants). It is seen also from figure 19 that 
the process is similar to the APCI but in this process the heat exchanger tower is divided into two 



sections rather than one tower and this concept allows the designer to choose the load on each 
refrigeration cycle through controlling the two compressors work before each column. The two 
compressors are frame 7 compressors. The heat exchangers used in this process are also SWHE 
as used in the APCI.  Shell also developed double casing equipment rather than a single casing to 
optimize the production to 5 mtpa. The advantages and disadvantages of this process is similar to 
the APCI But since it has two separate compressors and heat exchangers it becomes more 
reliable than the APCI. Reliable in the since that if one compressor or heat exchanger turns 
offline then the rest would do the liquefaction but with less production rate. 
 

Linde 
 
This process is also called the Mixed Fluid Cascade process (MFC). It was developed by 
Linde/Statoil LNG Technology Alliance and it serves capacities of 4 mtpa. Only one Linde train 
has been constructed with a maximum capacity of 4 mtpa for the Snohvit LNG project in Ekofish 
(Norway). 
 

 
Figure 20: Linde process flow diagram 

As seen in figure 20, the natural gas (red stream) comes in from the top and goes through three 
mixed refrigerant cycles. The pre-cooling cycle (green cycle) cools natural gas through two 
Plate-Fin Heat Exchangers (PFHE) while the liquefaction (purple cycle) and sub-cooling (blue 
cycle) cycle cool via SWHEs. SWHE is made and patented by Linde and may also be used for 
the pre-cooling stage. The only possible reason PFHE is used is because it is less expensive than 
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SWHE. The refrigerants are made mainly of methane, ethane, propane, and nitrogen but the 
composition ratio of the refrigerants would differ among the three stages. 

Table 7:Composition of Linde MRs 
 Propane (%) Ethane (%) Methane (%) Nitrogen (%) 
Pre-cooling 
(Green Cycle) 

~60 ~28 ~10 ~2 

Liquefaction 
(Purple Cycle) 

~3 ~12 ~80 ~5 

Sub-cooling 
(Blue Cycle) 

~7 ~10 ~80 ~3 

 

No specific kind of compressors is used for this process. A Frame 7 and 6 compressors have 
been proposed for this process to optimize it. The MFC has the same advantages and 
disadvantages of the other MR processes but it has an extra advantage which is the size and 
complexity of the separate SWHE applied in the MFC are less when compared to the single unit 
heat exchangers like in the APCI or DMR. That allows larger single compressors to handle 
refrigerant over a larger temperature range. 

Conoco Phillips 
 
Conoco Phillips currently has at least two trains in operation, Atlantic LNG, and Egyptian LNG. 
More trains are being constructed since this process is expanding to compete with the APCI. It 
ceases about 5% of the world’s LNG production and it has been in operation for more than 30 
years. 



 
Figure 21: Conoco Phillips simple cascade schematic 

 
 
As shown in figure 21, the process uses a three stage pure component refrigerant cascade of 
propane (purple), ethylene (green), and methane (red). The pretreated natural gas (black stream) 
enters the first cycle or cooling stage which uses propane as a refrigerant. This stage cools the 
natural gas to about -35oC and it also cools the other two refrigerants to the same temperature. 
Propane is chosen as the first stage refrigerant because it is available in large quantities 
worldwide (especially Bolivia) and it is one of the cheapest refrigerants. The natural gas then 
enters the second cooling stage which uses ethylene as the refrigerant and this stage cools the 
natural gas to about -95oC. At this stage the natural gas is converted to a liquid phase (LNG) but 
the natural gas needs to be further sub cooled so fuel gas would not exceed 5% when the LNG 
stream is flashed. Ethylene is used as the second stage refrigerant because it condenses methane 
at a pressure above atmospheric and it could be also condensed by propane. After methane has 
been condensed by ethylene, it is sent to the third stage where it sub cools the natural gas to 
about -155oC then it is expanded through a valve which drops down the LNG temperature to 
about -160oC. Methane is sent back to the first cooling stage and the LNG stream is flashed into 
about 95% LNG (which is sent to storage tanks) and 5% fuel gas used as the liquefaction process 
fuel. Methane is used as the sub cooling stage refrigerant because it could sub cools up to -155 
oC and it is available in the natural gas stream so it is available at all times and at lower costs.  To 
obtain how much heat duty every refrigeration cycle needs before designing it the following 
simple and theoretical simulation is done, 
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Figure 22: Simple Phillips design 

 
The figure above shows a simulation designed with theoretical heat exchanger that cools down 
the refrigerants to couple of degrees lower than it is boiling point in order to condense it. Then 
the heat exchangers between the natural gas stream and the refrigeration cycles are designed to 
cool the natural gas to a temperature (T*) 10oC lower than the refrigerant boiling point. The 
refrigerants boiling points are another reason for picking these three refrigerants since no other 
pure refrigerant would meet these design temperatures. 
 
Table 8: Refrigerants boiling points 

Refrigerant Boiling Point (oC) 
Propane ~42 
Ethylene ~103 
Methane ~161 

 
 
Table 9: Refrigerants boiling points 

Cycles Heat Duties (HX) (MMBTU/hr) 
Propane 657.3 
Ethylene 528.8 
Methane 563.9 

 
 
 
After the amounts of heat duties needed for each cycle is determined, the theoretical heat 
exchangers are connected to each other between the three cycles in order to assure that the design 
is feasible. The only way to cool down the refrigerants to such low temperatures is to compress 
the refrigerant then connect the cycles to each other so one would cool the other after cooling the 
natural gas. The connected cycles’ design that is derived from the figure above is shown in the 
figure below. 
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Figure 23: Simple connected Phillips cascade diagram 

 
 
All the explanation of the Phillips cascade above is theoretical which serves the purpose of 
understanding and simulating the process. The actual design contains flash tanks which are 
located before every LNG heat exchangers to separate the liquid refrigerant from the vapor 
refrigerant and then the vapor phase refrigerant goes to the compressor and the liquid is sent to 
the next LNG heat exchanger for further cooling of the natural gas stream. This would insure that 
only liquid phase refrigerant would cool the natural gas stream which will optimizes the cooling 
process and makes it more efficient; this is also why this kind of cooling process is called the 
“Optimized Conoco Phillips Cascade” process. But since one single Optimized Conoco Phillips 
Cascade train produces about 3.5 mtpa , a scaled up design named “two in one” train ,which 
contains twice the number of compressors available in the single train, is used for this project. 
This is an advantage of the Phillips cascade since one train could be optimized to produce a 
maximum of 4.5 mtpa which is the same amount produced by an APCI train. The following 
figures show the “two in one” Optimized Phillips Cascade overall simulation and loop by loop 
simulations. 
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Figure 24:Pro/II Simulation of the "2 in 1" optimiz ed Phillips cascade 

 
 
 
 
Below is a P-H (Pressure-Enthalpy) diagram of propane that shows the cooling process 
(compression, flashing and expansion) in the propane loop, 
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Figure 25:Propane P/H loop 
 
As is seen in Figure 25, the circle signifies the inlet temperature of the propane at 100 F.  The red 
line then vertically decreases from the 100 F entrance, flashing across a valve to the new 
temperature and pressure. The newly generated saturated liquid is then separated in a flash tank. 
The temperature is that value corresponding to the exiting pressure of the valve.  The vapor 
leaving the top of the flash is then mixed with the vapor exiting the first heat exchanger in an 
accumulator; is compressed, and re-entered into the process.  As seen in Figure 16, for design 
purposes in PRO/II, three compressors are used to achieve the same affect as one centrifugal 
compressor.  The heat exchanger immediately after the three compressors is air cooled with an 
exit Hot Product Temperature of 100 F. 



 
Figure 26:Propane loop 

 
 
The process then continues with two lower pressure heat exchangers and compressors.  The 
exiting temperature of the first heat exchanger is 60 F, the second 0 F, and the third near the 
normal boiling point of propane at –44 F.  With an approach temperature difference set at 10 F, 
the natural gas temperature cools down to about –35 F at the exit of the propane loop.  Table 10 
reports the duties of each heat exchanger in the propane pre-cooling loop. 
 
Table 10: Duties of individual HXs in Propane Loop 
LNG HX (Figure 26 ) Right Middle Left 
Duty (MMBtu/hr) 90.75 385.76 180.77 
 
 
Propane pre-cools both refrigerants as well as natural gas, so the large values of heat duties are 
expected as seen in the table above.  Obviously lowering the mass flow rate of the propane 
refrigerant would lower the duty of the heat exchanger, as well as the compressor work. 
 
For the ethylene loop, the same scenario is followed for the P-H diagram. 
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Figure 27:Ethylene P-H diagram 

 
But the ProII simulation is different since it only has two LNG heat exchangers instead of three 
because less heat flow is required for this loop. While the heavy pre-cooling done by the propane 
loop requires a lot of heat flow. 

 
Figure 28:Ethylene loop 
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The temperature of the natural gas stream coming in the loop is about -33oC, coming out of the 
first heat exchanger the temperature is about -60oC and coming out of the loop the temperature is 
about -115oC. The connecting stream allows the heat transfer between the three loops (ethylene 
cooling methane and ethylene being condensed by propane). The heat duties of the two LNG 
heat exchangers are as follows, 
 
Table 11: Duties of HXs in propane loop 

LNG HX (Figure 28) Right Left 
Duty (MMBtu/hr) 400.1 140.4 

 
 
The P-H diagram for the methane loop is similar to the other stages but as could be seen when 
compared to the two refrigerants, the peak of the mixed region in the P-H diagram is shifting 
more to the left from methane’s peak is further to the left than ethylene and ethylene’s peak is 
further to the left than propane. The further to the left the mixed region in the P-H diagram is the 
lower temperature the refrigerant could reach. 
 

 
Figure 29: P-H methane loop 

 
 
 
 



 
Figure 30: Methane loop 

 
 
 
 
The natural gas enters the methane refrigeration cycle at -115oC, leaves the first LNG heat 
exchanger at -117, leaves the second at -127oC and the last at -156oC. Then the LNG stream is 
expanded through a valve to about -160 oC and then flashed to about 95% LNG and 5% fuel gas. 
 
Table 12:Duties of individual HXs in Propane Loop 
LNG HX (Figure 30) Right Middle Left 
Duty (MMBtu/hr) 367.1 46.6 260.6 
 
 
The overall liquefaction process could be also described graphically using the LNG cooling 
curve. 

Methane 



 
Figure 31: Phillips Cascade LNG Cooling Curve 

 
 
The blue line in figure X represent how NG in a 100% efficient (ideal) cooling process should 
behave; the block drawing under the blue line represents the refrigerant in the cascade process 
and the area between them represents the heat lost by the system. The total horse power spent by 
each loop’s compressors in the PRO/II simulation is presented in the table below and it also 
agrees with the graph above showing that the least work is done in the middle loop and the most 
work is done by the propane loop since it is the stage which the heavy pre-cooling is done. 
 
Table 13: Total work done in refrigeration loops 
Loop Work (hp) Efficiency of compressors 
Propane 82508 83% 

Ethylene 35000 83% 

Methane 63181 83% 
 
 
Conoco Phillips uses Frame 5 Gas turbines rated at 30 MW.  These compressors can be single or 
double shaft gas turbines. Frame 5 compressors are almost as efficient as Frame 7 & 9 
compressors (used in mixed refrigerant processes) but cost the fraction of the price. LNG heat 
exchangers used by Conoco Phillips has a brazed aluminum plate fin style[10].  This specifically 
allows for low pressure drops inside the heat exchanger and a high thermal efficiency.  The LNG 
heat exchangers are then fitted with headers to force transfer of liquid through all inlet holes.  
The LNG heat exchanger is then installed into a cold box.  The purpose of the cold box is to 
provide high levels of thermal efficiency and safety measurements.  The cold box is made of 
perlite with circulating nitrogen gas moving through the open space.  Any trace of natural gas or 
refrigerant that has leaked out of the LNG heat exchanger is carefully caught alerting the 
operator. 
 
 



Liquefaction process selection: 
 
From all the description above of the different liquefaction processes, the “Conoco Phillips 
Optimized Cascade” is chosen to be the liquefaction process used for this project. The reasons 
for this selection are as follows, 
 

1- The Phillips cascade could handle less natural gas in flow even if it is set to produce 4.5 
mtpa which is equivalent to 600 MCFD of natural gas; for example if only 400 MCFD of 
natural gas was to be delivered from Bolivia, the Phillips Cascade could produce LNG 
for the specified amount of natural gas which is equivalent to 3 mtpa of LNG. This 
quality is to be considered the most since Bolivia is well known for its weak natural gas 
production despite the massive reserves they have and also the political problems that 
happens continuously in Bolivia which might also lead to lower natural gas production 
from Santa Cruz. The Mixed Refrigerant processes consist of Frame 7 gas turbine 
compressors which are set at a certain gas inflow rate which averages at about 5,300 
MFCD. If less than this limit was to be provided to the process, it would lead to the 
destruction of the expensive large compressors used by this process because it can not 
handle less flow in which it is set at.  
 

2- The Conoco Phillips Cascade is more reliable since if one of the equipment such as a 
compressor goes out of order then the plant will keep producing LNG but the rate of 
production will drop to about 75% and so on. MRP has more complicated designed 
equipments, and if something goes wrong with a compressor or a heat exchanger then the 
production will drop down to 0% and that is a big risk to take. Plus maintaining the 
Conoco Cascade in Bolivia is easier since it is constructed of some of the simplest 
compressors and LNG heat exchangers around the world. The two tables below compare 
the reliability of the Phillips Cascade and MRP, 

 
 

Table 14: Plant reliability of MRP 
Overall Plant Production Efficiency = 90% 
Operating Range Production 
Full plant 100% 
One Turbine offline 0% 
Three Turbine offline 0% 
Plant Idle 0% 
 
 

Table 15: Plant Reliability of Cascade “2 in 1” train 
Overall Plant Production Efficiency = 95% 
Operating Range Production 
Full plant 100% 
One Turbine offline 60% to 80% 
Three Turbine offline 30% to 60% 
Plant Idle 0% 
 
 



3- As known, the Conoco Phillips cascade runs on pure refrigerants. Pure refrigerants are 
cheaper, easier to provide (especially in Bolivia) and its constant molecular weight 
simplifies the refrigerant compression process. Only two refrigerants (propane and 
ethylene) for this process is bought. The methane refrigerant is generated from the vapor 
recovery of the LNG storage tanks where methane is recovered after it is vaporized; then, 
it is sent back to the methane refrigeration cycle. This methane recovery process design is 
simple since all is needed is a vapor blower to send the methane back to the cycle since 
the natural gas has been already pretreated. In the other hand; for the MRP a mixed 
refrigerant has to be blended in special refrigerant blending plants which might not be 
available in Bolivia. It is also much more expensive than the pure refrigerant like 
ethylene and propane. 
 

4- In the Conoco Phillips Cacade it is also easier to be scaled up. It could be scaled up to the 
required amount of LNG by adding an extra train to the process which would increase the 
production process anywhere from 1.5 to 3 mtpa or higher if desired. While for the MRP, 
the process design is already scaled up and pushed to the maximum, so if the LNG plant 
needed to produce more LNG, adding an extra APCI train would be limited to an increase 
in the production by an extra 4 mtpa, not more or less, which might not be desired. 
 

5- The Conoco Phillips Cascade has quicker start up and shut down rate than any other 
MRP.  
 

6- It also contains 30% to 40% less overall instrumentation and control loops.  
 

7- Having the Conoco Phillips Optimized Cascade in operation since 1969 also reduces 
costly testing, uncertainty, and risks. 
 

8- There are a many Conoco Phillips Optimized Cascade trains constructed around the 
world and they will be ready for production soon. It is also expected that the Conoco 
Phillips Cascade Process will come close to the total APCI LNG production rate (in 
2010: 35% for Phillips Cascade and 55% for APCI) according to the graph below, 

 



 
Figure 32: Capacity of world LNG (mtpa) vs. year 

 
 
As a conclusion, “studies of the different liquefaction processes suggest there is not one of 
them, on its own, that is substantially more efficient than the others. Rather, each technology 
can be competitive within a certain range of train sizes. The ultimate choice of which process 
to select will remain dependent on project-specific variables and the potential development 
state of novel processes.” 

 
 



 

Shipping 
 
There are two ships available; each of the ships has capacity of 138,000 m3 with a speed average 
of 37 km/h. The distance from Lima (Peru) to Ensenda (Mexico) is 2734 miles, so that leads 
every ship to take about 5 days to travel between the liquefying plant and the receiving plant plus 
1 day to load and unload. The liquefaction plant produces 27,520 ft3/day of LNG and 137,600 
ft3/5 days, so 2 ships are only needed for this process. Taken a ship path to the Gulf of Mexico 
was considered but since the ship size exceeds the standards of the size of the Panama canal, 
going through it will cost more money and time. The following two table show the dimensions of 
the ship and the capacity of the Panama Canal, 

 
 

Table 16: Ship dimensions 
Capacity, m3 138,000 

Deadweight, tonnes 285 

Length Overall, m 43 

Beam, m 43 

Depth, m 26 

Maximum Draft, m 11.4 

Ballast Draft, m 9.8 

 

Table 17: Panama Canal Capacity 
Width, m 33.5 

Length, m 304.8 

Beam, m 32.3 

Depth, m 30 

 

The ships are powered with a medium speed 4-stroke diesel engine, which is capable of 
providing fuel efficiency and operates on burning low pressure gas. It consumes 0.15% of the 
cargo through what vaporizes of the LNG and that adds up to consuming 2% of the LNG 
produces over the life of the project. Through research, it is also believed that this engine is 
better than other engines with a re-liquefaction unit, such as the 2 stroke diesel engine, because it 
deals with low pressure system which requires less power to operate than the engine with re-



liquefaction unit which ends up consuming more fuel than the regular engine. This engine is also 
environment friendly because it is equipped with a rapid oxidizer to dispose any excess boil off. 

 
 

 
Figure 33: Medium Speed Diesel Engine 

 
 

Receiving Plant 
 
Once the natural gas has been pumped from the ground, liquefied, and placed in a ship it is now 
time to deliver the natural gas to its destination and regasify it.  This is done in what is called a 
receiving plant or regasification plant.  Receiving plants are normally located near the ocean, 
either onshore or offshore.  Both types have there advantages and disadvantages and careful 
consideration should be taken into account with regards to economics and the environment when 
a location and type of plant is proposed. 
 
Once it is decided where the regasification plant is to be erected, it is now time to design an 
economically feasible and energy efficient plant.  There are many choices out there on how to 
get the liquefied natural gas back into its natural state, a vapor.  Of these a process which is 
growing in popularity because of its cheap operating cost is the ambient air vaporizer, which is 
perfect for the proposed plant, due to location.  The temperature of the air needs to be roughly 30 
C higher than the outlet LNG, so during the winter months a supplemental heating system will 
need to be used to heat the LNG to a pipeline temperature of 40 F however this system will be 
minimally used. 
 
After the natural gas is vapor once again, it is pumped into the pipeline at a specified temperature 
and pressure, where it is sent to its consumers. 
 

Receiving Plant Design 
 
After the liquefied natural gas has made its long voyage from Lima, Peru to Baja, California, it is 
now time to turn it back into a gas.  This is accomplished by means of a receiving plant.  The 



receiving plant has several different divisions, each with its on special purpose.  These various 
divisions are as follows: docking port, storage, vapor handling system, send-out, vaporizing 
scheme, and pipeline injection. 
 

Docking Port 
The LNG ship will anchor down next to a jetty and connect itself to the unloading line by way of 
4 unloading arms.  Then submerged pumps from inside the ships’ LNG tanks will begin pumping 
the LNG at a specified unloading rate of 11,500 m3 / hr into the unloading line on its way to the 
storage tank. 

 

 
Figure 34: Receiving Terminal 

 

Storage Tanks 
There are many tank designs to consider when choosing storage tanks to hold LNG, of these 
safety ranks among the top.  When considering safety, there are 5 designs to choose from; single 
containment, double containment, full containment, in-ground storage, and underground storage. 
 

 
Figure 35: Tank Designs 

 
 
Of these, each has their advantages and disadvantages and bearing the location of the prospective 
plant an in-ground tank would be an excellent choice.  The two main reasons to propose in-



ground tanks are because they are safer in earthquakes and less space is required because no 
dikes are needed.  Also, in-ground tanks costs roughly the same as above-ground tanks and the 
construction time is nearly the same as well.22 
 
In-ground tanks are built in the following design. 
 

 
Figure 36: Tank Dimensions 

 
 
This design will minimize the space taken up by the tank in the regasification plant.  Two tanks 
with a capacity of 125,000 m3 will be used and they will cost $100 million dollars each. 

 

Vapor Handling System 
The vapor handling system is a very important part of an LNG receiving terminal for numerous 
reasons.  Inside the storage tank vapor is formed when the LNG is pumped in.  This vapor needs 
to be removed from the tank to make room for the liquid and to keep pressure from building up 
inside the tank.  This is accomplished by pumping the vapor out the top of the tank by way of a 
blower.  This blower will pump 1828.7 lbmol / hr of vapor out of the storage tank (Appendix 1).  
The estimated cost of this centrifugal blower will be $45,868.00 (Appendix 1). 
 
Of this 1828.7 lbmol / hr of vapor, 1219 lbmol / hr of this vapor is sent back to the ship’s tanks to 
replace the vapor space pressure being lost due to liquid volume being pumped away.  The other 
609.7 lbmol / hr of vapor is sent to a compressor and sent to the pipeline at a temperature of 40 F 
and a pressure of 200 psia.  The work required by this centrifugal nickel alloy compressor is 
1087.5 kW and its total cost is $2,000,000 (Appendix 1). 
 



Send-Out 
The send-out system pumps the LNG from the storage tank into the vaporizer.  This system is 
comprised of two sets of pumps, low pressure and high pressure.  The low pressure pumps are 
located in the storage tank and pump the liquefied natural gas from the bottom to the top of the 
tank.  Two pumps will be used per tank and they will cost $425,000.  These pumps will increase 
the pressure of the LNG to 30 psia.  The high pressure pumps increase the pressure of the LNG 
to the pipeline pressure of 200 psia and send it to the vaporizer.  There will be 6 high pressure 
pumped and they will cost $1,100,000 each. 
 
 

Vaporizer 
The vaporizer network is what turns the liquefied natural gas back into a gas.  Various processes 
are available to accomplish this task and there are pros and cons to each method.  The following 
table summarizes the major vaporization processes used in industry today.24 
 
Table 18 : Vaporization Choice Comparisons24 

 
 

Vaporization Choice 



These processes will be described in more detail below along with a scheme that will utilize the 
optimum choice in a way to recover the cold energy. 
 
The submerged combustion vaporization process is the cheapest with regards to capital cost but 
the annual operating cost is ridiculous and is surpassed by the others in total cost within a year or 
two.  The following schematic illustrates how submerged combustion vaporization works. 

 

 
Figure 37: Submerged Combustion24 

 

Submerged combustion vaporizers use a combustion burner to ignite a mixture of fuel gas and 
air, which then heats a water bath with submerged tube bundles.  The water then provides the 
heat to the LNG to vaporize it.  As shown in the table above, submerged combustion 
vaporization produces a lot of environmental emissions. 

 
The open rack vaporization process is the most expensive in capital cost but its operating cost is 
far less than the submerged combustion vaporization process.  Here is a schematic of open rack 
vaporization. 

 

 
Figure 38: Open Rack24 

Open rack vaporization uses sea water to vaporize the LNG by using counter current flow 
through finned aluminum tubes.  Since seawater is corrosive, a zinc alloy coating is used on the 
outside of these tubes.  As shown in the table above, open rack vaporization produces very little 
environmental emissions as composed to submerged combustion vaporization. 

 



The heat integrated ambient air vaporization processes are the cheapest in both capital and 
operating cost and they both have the fewest emissions, making them the optimum choice.  They 
work in the following way. 

 

 
Figure 39: Ambient Air 24 

 
 

 
The difference between the two is if the air is forced through the heat exchanger or not.  Since in 
natural draft there has to always be a strong wind, the project’s vaporization system will be 
forced draft heat integrated ambient air vaporization. 

 
For this process the ambient air is blown through a large heat exchanger and is used to heat the 
LNG.  The temperature of the air should be about a 30 F difference from the desired pipeline 
temperature of 40 F.  The ambient air in Baja Mexico is above 70 F most of the year, but for the 
days that it isn’t, supplemental heating will be required.  Since the duty of this heat exchanger 
will be minimal compared to the others, an electrical heater will be used to heat the air to its final 
temperature of at least 70 F. 
 
The following figure illustrates a process to recover some of the cold energy by using ambient air 
vaporization and an intermediate fluid. 
 



 
Figure 40: Energy Recovery Process 

 
In this process, ambient air heats a heat transfer fluid, which in turn vaporizes the LNG by way 
of a reverse refrigeration cycle.  In this cycle, the fluid is expanded through an expander, which 
is connected to a generator that produces energy.  A liquid was needed so a pump could be used 
instead of a compressor.  Several fluids were considered but the four that worked the best were 
propylene glycol, propanol, isopropanol, and methanol.  These fluids were chosen because of the 
following reasons.  A liquid was needed that had a boiling point greater than 75 F and also a 
freezing point that was as low as possible.  These liquids also allowed a lower pressure to be 
used, maximum of 100 psia.  The following table compares the four best fluids. 
 
Table 19: Intermediate Liquids Comparison 

Intermediate Liquids Used 
 Methanol Propanol Isopropanol Propylene Glycol 
Boiling Point (14.7 psia) (F) 148.46 179.6 179.6 370 
Melting Point (14.7 psia) (F) -144.4 -126.4 -126.4 -74 
Hottest Temperature Used (F) 75 75 75 75 
Coldest Temperature Used (F) -120 -90 -90 -50 
Flow Rate of Air (lbmol / hr) 396801.59 396402.59 396355.41 396712.59 
Flow Rate of Liquid (lbmol / hr) 45067.99 39294.27 38001.79 39797.14 
Pump Work Used (hp) 182.29 293.62 290.31 209.39 
Expander Work Produced (hp) 218.93 313.56 312.80 238.98 
Net Work (hp) 36.64 19.94 22.49 29.59 
     

    Approximate Amount of Energy 
used to Liquefy Natural Gas (hp) 200000 200000 200000 200000 

    
Amount of Energy Recovered (hp) 5056.182 2751.1128 3103.4958 4083.5994 

    Amount Recovered vs. Amount 
used to Liquefy (%) 2.53 1.38 1.55 2.04 

 
Of these liquids methanol is the optimum choice because it has the lowest freezing point of -144 
F, and it also produces the most net energy at 36.64 hp.  This energy recovered only equates to 
about 2.5 % of the energy that was used to liquefy the natural gas but any energy recovered is 
better than energy lost.  The extra capital cost of this process on top of the ambient air 
vaporization cost would be $4,600,000, which is a fairly small fraction of the overall cost. 
 
Several other choices for a heat transfer fluid were tried.  Methane was used as in the following 
Pro-II simulation. 



 

 
Figure 41: Methane Process 

 
The problem with methane is that it will not be a liquid at 75 F no matter how much you increase 
the pressure.  Because of this, a compressor will have to be used instead of a pump, which will 
mean a larger amount or work being used. 
 
Butane was also used as in the following simulation. 
 

 
Figure 42: Butane Process 

 
The problem with butane is that a higher maximum pressure will have to be used and the 
freezing point is much higher at 32 F.  This high freezing point causes a much greater amount of 
butane to be used, as compared to methanol. 
 
Other ways to utilize the cold energy would be to integrate the receiving plant with a cryogenic 
plant or chemicals plant.  Both of these plants would use the cold energy to freeze something, 



which would work very well.  The drawbacks to these though are there needs to be a market 
close by and another plant would greatly increase the cost. 

Pipeline Injection 
The specifications for the pipeline are a temperature of 40 – 60 F and a pressure of 200 – 1500 
psia.  The proposed plant will inject natural gas into the pipeline at 40 F and 
200 psia.4 
 

 
Economics 
This project is limited by the economics and the Total Capital Investment involved in the 
construction of a transcontinental pipeline as well as the liquefaction facility. Capital investments 
were determined using a percentage of the purchased equipment cost method as described in 
Peters and Timmerhaus26. Product costs were also determined using the compressor work for 
both the pipeline and liquefaction equipment. The work was then equated to an amount of natural 
gas needed to furnish the energy requirements. This total was added to the amount of natural gas 
needed to produce the desired mass of LNG from the liquefaction facility. Capital and operating 
costs will be further discussed in their respective sections below. 
 

Capital Investments 
Capital investments for this project are quite large, on the order of $3.11 billion. Further analysis 
and breakdown of individual cost components can be seen in the following sections. It is worthy 
to note that the installation of the transcontinental pipeline accounts for nearly half of the Total 
Capital Investment for this venture. Also, as will be discussed later, the pipeline accounts for 
about half of the total power consumption for the process, which requires the purchase of 
additional natural gas. 
 

Liquefaction 
From the ConoccoPhillips Optimized Cascade described earlier, a list of major equipment 
components was sized and priced. The major components include compressors, flash tanks, and 
LNG heat exchangers. Prices for compressors were estimated as $2500/hp (Hubbard). 
Additionally, flash tanks were priced from the Peters and Timmerhaus website. The cost of each 
flash was determined to be approximately $120,000 each based on the cost of pressure vessels 
with the given capacity. LNG heat exchangers were priced based on estimate. The estimate took 
into the size of the exchangers as well as their special purpose; the price was therefore 
determined to be $1.5 million each. The following table illustrates the major components of the 
liquefaction facility as well as the costs for each. 
 

Table 20: Liquefaction equipment costs 

 
 



Once the equipment costs for the process were known further charges could be assessed to 
determine the Total Capital Investment, TCI, of the project. The following table shows the TCI 
for the liquefaction facility. 

Table 21: TCI for liquefaction facility 

 
 
The table, adapted from Peters and Timmerhaus estimates the TCI for installing the liquefaction 
facility to be on the order of $1.5 billion. Reports published by ConnocoPhillips have determined 
the price to be near this figure; therefore this approximation is seen to be valid. 
 

Shipping 
Also to be considered in the capital investments for this project was the transportation of the 
LNG to the regasification terminal located in Ensenada, Mexico. For this purpose two LNG ships 
with 138,000 m3 of storage capacity were considered for purchase. The ships were estimated by 
the Department of Energy, DOE, to be on the order of $155 million each. 
 

Pipeline 
The pipeline running from Santa Cruz, Bolivia to Lima, Peru is one of the most costly additions 
to this venture. The optimum pipeline discussed earlier was found to have a purchase cost for 
materials of $714 million. This expense does not, however, include the cost of installing the 
pipeline through Bolivia, over the Andes Mountains and across Peru. A conservative estimate for 
this charge equal to 75% of the purchased equipment price was added to the cost to compensate. 
With the additional charge placed on the pipeline, the TCI was found to be $1.25 billion. As can 
be seen, this is nearly half of the TCI for the entire project. Further economic analysis will show 
that this charge contributes significantly to the overall costs of the venture and will inevitably 
cause the project to become infeasible under most conditions. 
 



Product Costs 
There are many charges associated with developing and installing any commercial processing 
plant. Those that contribute most dramatically to the costs are raw materials, labor, and 
maintenance. Additionally, the pipeline erected for this project consumes on the order of 2% of 
the total energy of the natural gas used in the process for compression purposes. Costs will be 
broken down in the following sections to show the relative charge of each area. 

Raw Materials 
Raw material makes up the majority of the product cost associated with this process. 4.5 mtpa 
LNG corresponds to a volume of natural gas equal to 233.55x106 MMBtu worth of thermal 
energy. At present natural gas costs on the order of five dollars per MMBtu. This equates to a 
cost of roughly one billion dollars, or approximately 63% of the Total product cost. In addition to 
the cost for natural gas to be liquefied, there is also an additional amount of natural gas needed to 
fuel the compressors on the pipeline and in the liquefaction facility. The amount of natural gas 
needed to power the pipeline was calculated to be 2.01x106 MMBtu/yr, or approximately 1% of 
the amount needed to produce LNG. In the liquefaction facility, the compressors will also use 
natural gas for power. The amount needed, according to the simulation, to power the 
compressors, was calculated to be 6.12x106 MMBtu/yr, or about 3% of the energy in the 
produced LNG. The total raw material cost associated with the purchase of natural gas is 
therefore found to be roughly 65% of the TPC. 

Other Costs 
The remaining 35% of the costs for this process are composed mostly of maintenance and 
overhead costs. Maintenance comprises 12% of the costs and the overhead makes up 7% of the 
total. The following table shows the first year costs of the project with a five dollar base charge 
for the price of natural gas. 
 
Table 22: Summary of costs 

 
 



The total product cost, as can be seen above, is $1.85 billion for the first year. The following 
years have higher costs due to the inflation in natural gas prices.There are also additional charges 
and costs in future years if additional trains are implemented. This will be discussed further in 
the Design Planning section of this report where alternate installation schemes were explored in 
order to find a plan for the implementation of the process that would return higher yields. 

Design Planning 
For this portion of the project several plans were compared based on the return on investment for 
each. To compare each of the plans, several scenarios had to also be used. The following table 
shows the plans and the scenarios used in the comparison. 
 

Table 23: Design planning, scenarios and plans 

 
 
The scenarios described above by high, low and medium, refer to the percentage of inflation in 
the buying and selling prices respectively. The inflation rates used for the high, low and medium 
scenarios are 13%, 5% and 9% respectively. Each of the plans showed positive net present worth 
for the High/Low scenario with an ROI ranging from 30-60%. These values of the ROI are very 
respectable, but in the event that this scenario does not occur, nearly all of the plans fail to return 
a positive NPW. A regret analysis need be conducted to determine the best plan of action to 
implement the LNG production facility. 

Regret Analysis 
To determine the best plan to implement regret analysis is performed. Regret analysis allows for 
the determination of the best design by comparing the ROI of each of the designs. The highest 
ROI for each of the scenarios is chosen and the other designs ROIs are subtracted from it. This 
number is essentially the additional amount of money that could have been had the greatest ROI 
design been chosen. From this, the maximum regret is selected for each design and is compared 
to that of the other designs. The minimum of the maximum regrets should be selected to reduce 
the probability of losing money on a design. The following table shows the ROI for each of the 
plans for each of the scenarios described above. The highlighting represents the maximum for 
each of the scenarios, this is the value used to compare the other designs as described above. 



Table 24: ROI for design plans 

 
 
Once these values are found, the maximum regret for each of the scenarios can be determined 
and used to develop the following table of regret values. The table is then analyzed to determine 
the maximum regret for each of the designs. The minimum of the maximum regrets, labeled 
MiniMax in the table, is the design plan chosen due to its minimizing effect on the loss of 
money. 
 

Table 25: Regret analysis 

 
 
Although design 1 has more chances for receiving zero regret, design 4 is chosen because the 
maximum regret is only 6% ROI whereas design 1 has the potential of producing regret as high 
as 54% ROI. 
 
As clarification, the ROI is used to determine the regret due to the large differences in the TCI of 
each plan. This is used to scale the NPW such that each plan can be evaluated on similar terms. It 
is frequently said that “you must spend money to make money.” This is ultimately true, therefore 
one would assume that the more money spent, the more will be made. By showing the regret as a 
function of the ROI instead of the NPW, this anomaly is avoided and each of the designs can be 
evaluated on the percentage of monies received as a function of those spent. 
 
Once the design that minimizes regret is selected risk analysis can be performed to determine the 
probability that the chosen design will actually produce a positive NPW. 

Risk Analysis 
The risk analysis for this project is conducted using @Risk coupled with Microsoft Excel. The 
software allows the user to input variables into the model based on normal distributions. The 
output for this simulation is the NPW. 10,000 iterations were used to determine the distribution 
in the NPW with changes in the prices. The simulation uses the median prices mentioned earlier 
as the basis with 30% variability for each price, both buying and selling. The costs and profits 
are then determined and the NPW calculated for each iteration. The software outputs a histogram 



for the NPW as well as a cumulative probability distribution. The cumulative distribution, as 
shown below, is invaluable to determine the total risk of a project. 
 

 
Figure 43: Risk associated with design 4 

 
The figure above shows that despite a positive NPW and ROI for the High/Low scenario 
discussed in the Regret Analysis section shows that the venture is still quite risky. The figure 
shows that there is approximately 90% chance that the design plan will still lose money during 
the life of the project. 
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Conclusion 
 
A “two in-one” Conoco Phillips Cascade with a capacity of 4.5 mtpa located in Lima (Peru) is 
found to be the best economical choice for this process. Two 138,000 m3 ships are all what is 
needed for this project with two 125,000 m3 capacity LNG storage at the liquefaction plant. The 
regasification plant is found to be a “Forced Draft Ambien Air” located in Ensenada (Mexico). A 
pipeline is constructed from the regasification plant to San Diego, which is the main buyer, and 
another pipe line is constructed to Guaymas (Mexico) in case the market demand in California is 
low. 
 
The process has been found, however, to be infeasible under most conditions with a 90% 
probability of returning a negative NPW. This is due, in part to the high TCI and operating costs 
associated with the implementation of a pipeline from Bolivia to Peru through the Andes 
Mountains. 
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Appendix 1 
 
Pipeline, Shipping and Regasification 
Calculations 
 

Pipeline 
These calculations were done in order to get a base estimate for the costs and diameters needed 
for the pipeline. Simulations were run with Pro/II to determine more accurately the costs and 
power requirements for this part of the project 
 
Flow Rate 

 
 
Thickness 

 
 
 
 
 
 
 
 
 



 
 
 
 
Power needed to pump the gas, 
 

 
 
 



Optimum Diameter Calculation 

 
 
 
 



Shipping 
 

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 



 
 

Regasification 
 

 
 
 

Unloading rate 

 


